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Abstract

The wall drag model in the TRAC/RELAP5 Advanced
Computational Engine computer code (TRACE) has
certain known deficiencies. For example, in an annular
flow regime, the code predicts an unphysical high liquid
velocity compared to the experimental data. To address
those deficiencies, a new wall frictional drag package
has been developed and implemented in the TRACE
code to model the wall drag for two-phase flow system
code. The modeled flow regimes are (1) annular/mist,
(2) bubbly/dug, and (3) bubbly/dug with wall nuclestion.
The new models use void fraction (instead of flow quality)
as the correlating variable to minimize the calculation
oscillation. In addition, the models alow for transitions
between the three regimes. The annular/mist regime
issubdivided into three separate regimes for pure annular
flow, annular flow with entrainment, and film breakdown.
For adiabatic two-phase bubbly/dug flows, the vapor phase
primarily exists outside of the boundary layer, and
thewall shear uses single-phase liquid velocity
for friction calculation. The vapor phase wall friction drag
is set to zero for bubbly/dug flows. For bubbly/dug flows
with wall nucleation, the bubbles are presented within
the hydrodynamic boundary layer, and the two-phase
wall friction drag is significantly higher with a pronounced
mass flux effect. An empirica correlation has been studied
and applied to account for nucleate boiling. Verification
and validation tests have been performed, and the test
results showed a significant code improvement.
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1. Introduction

The TRAC/RELAPS Advanced Computational Engine
computer code (TRACE) [Ref. 1] is a consolidated
thermal-hydraulics reactor system code, developed by
theU.S. Nucdear Regulatory Commisson (NRC).
Assuch, the TRACE code provides advanced
best-estimate simulations of real and postulated
transients in pressurized- and boiling-water reactors
(PWRs and BWRs, respectively) for many thermal-
hydraulics facilities. As a result, the NRC uses
the TRACE code for reactor safety audit calculations,
and the nuclear power industry and research institutes
use the code for reactor system safety studies.

The fundamental theory underlying the TRACE code
is based on the two-phase two-fluid model and its
constitutive relations. Given that foundation, certain
deficiencies have been observed in its two-phase wall
friction model. For example, in an annular flow
regime, the code predicts unphysical high liquid
velocity compared to the experimental data. The
annular flow regime isimportant in many reactor safety
simulations, such as modeling condensation on vertical
surfaces — a phenomenon important to the operation
of passive cooling systems in advanced light-water
reactors, such as the containment cooling system in
the General Electric Economic and Simplified Boiling-
Wae Reactor (ESBWR). Further investigation
revealed that this deficiency is attributable to
improper wall drag modeling.
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In the origina TRACE model, the wall friction drag
ispartitioned between vapor and liquid phases and,
at high void fraction, the wall drag isprimarily
distributed to the vapor phase. Consequently, prediction
of liquid velocity in a downward annular flow resulted
in a predicted film thickness that was more than
an order of magnitude smaller than experimental data.
As a result, the original code cannot correctly predict
the heat transfer phenomenon in the annular flow
regime. Moreover, the partitioning of the wall drag
inthe original code does not represent the correct
physics, given that the flow is separated in annular flow,
and only the liquid is in contact with the wall in bubbly
and annular flow regimes. In other flow regimes,
theorigind wall friction model used flow quality
asthe correlating variable, and this may cause flow
oscillation in calculations. This paper reviews
theorigina model in the TRACE code and proposes
anew set of wall drag modelsto address the deficiencies.

2. Original TRACE Formulation

The TRACE code is based on a two-phase two-fluid modd,
with the following field eguations for liquid and
combined gases:
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where G is the interfacial friction factor and C,s and C,g
are wall drag coefficients, which are defined as follows:
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c, and Cy in equation (2.3) relate to the two-phase
friction factor and are defined as follows:
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The original TRACE code cal culated the friction factor
using the Churchill correlation [Ref. 2]. However, it
also used a two-phase homogeneous wall drag model
to compute the wall friction factor, and set the liquid
and gas wall frictions to equal values. This modeling
practice does not represent the correct physics, given
that only the liquid is in contact with the wall in bubbly
and annular flow regimes.

In the model development that follows, a two-phase
friction factor, f,,,, is defined for each phase. These
two-phase friction factors already contain an effective

two-phase multiplier and relate to the TRACE
variables by equation (2.4).

3. Flow Regimes To Be Modeled

The flow regimes to be modeled are (1) annular/mist,
(2) bubbly/dug, (3) bubbly/dug with wall nucleation,
and (4) bubbly/slug with “hot wall.” In addition, the
model must alow for transitions between these
regimes using the following simple criteria:

a=09 : annular/mist

a<08 : bubbly/slug

08<a<09 : transition from
bubbly/slug

to annular/mist

4. Annular/Mist Flow Regime

This section begins by describing the two-phase wall
drag model for pure annular flow. It then examines
the complications arising from the presence of
entrained drops or a partially wetted condition.

Pure Annular Flow

Annular flow is the most amenable to analytical
modeling and, hence, provides a good starting point.
The available literature offers a profusion of two-phase
multipliers to account for the enhancement of wall drag.
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The multiplier usad here gpplies to the “liquid phase flowing
done” asfollows:
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G is the mass flux of the liquid, and f, is the single-
phase friction factor for the liquid phase flowing aone.
That is, use a standard formula for the friction factor as
a function of the Reynolds number, and define the
liquid Reynolds number as follows:

Re| = G| |:Dh (43)
7

Annular flow theory then gives the two-phase multiplier
asfollows:

| (4.4)
q)| (1_a)2

For the new TRACE model, the friction factor for the
annular flow regime proposes to use a power law
combination of the laminar and turbulent values:

fim = (fISm + ijrb) (4.5)

where the laminar value is that for pipe flow

- 16 (4.6)
lam Rel

and the turbulent (by Haaland’s explicit approximation
to the Colebrook equation) is as follows:

fturb = 7/{36 D]Oglo |:|:6Qeg + [Z/S)ln:H (47)

Note that the roughness effect has not been conclusively
established for annular flow. It is included here to
provide a continuous description with that for single-
phase flow.

With the friction factor defined by equation (4.5),
the two-phase friction factors for annular flow are
asfollows:

—h

f2®,|
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20,9

fim (4.8)

o

Annular Flow with Entrainment

Annular flow with entrainment is treated in a similar
manner, with the exception that the wall drag is only
computed for the liquid flowing in the film (not for
the total liquid flow rate). Thus, equation (4.2) is
modified, as follows:

(e[} _ 4% 3Gl _ 4 1 (-efm (49)
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where & is the fraction of the entrained liquid. The
friction factor for the annular film is then calculated
as before, with the liquid film Reynolds number given
by the following equation:

Gfilm DDh - (1_ 5) [G| EDh (4.10)
H H

Re,

After determining the film friction factor using
equations (4.5) and (4.10), the two-phase friction
factors are as follows:

f2®,| = (1_5)2 . (4.11)
f =0

20,9

Film Breakdown Regime

An examination of equation (4.11) reveds that the
wall drag to the liquid phase (film) disappears as the
entrained fraction goes to unity, as expected.
However, wall drag to the gas phase should
commence (at some point) as the liquid film
disappears. The concept of a minimum film thickness
accomplishes this transition in a natural way. That is,
when film breakdown occurs, the resulting rivulets
are assumed to have a thickness equal to the
minimum value. Then, using the thin film
approximation, the wetted fraction of the surface is
given by the following equation:

f _ (1_ a)film (D, (4.12)
L, = —m 2
4 |Irﬂln

Copyright © 2005 by CNS



Equation (4.12) uses the volume fraction of the liquid
film. However, the liquid film volume fraction is not
caculated and can only be approximated until the
droplet field is incorporated into TRACE,. Thus, the
following equation provides a suitable approximation
for the purpose of providing aramp to turn on wall drag
to the gas phase:

(l_ a)film = (l_ ‘5‘) [(1_ 0’) (413)
yielding

fo= (1_5)5%)?% (4.14)

The film breakdown regime is considered to exist
whenever the liquid film thickness falls below the
specified minimum value. Again, using the thin film
approximation, the film thicknessis as follows:

5= -od D (4.15)

The wetted fraction can then be rewritten as follows:

_ 9 (4.16)

min

For the present, a simple constant value of 50 microns
is used.

After determining that the film breakdown regime has
been entered and calculating the wetted fraction of the
surface, we must specify the two-phase friction factors.
Thus, the drag between the wall and the liquid phase is
computed as before and applied to the wetted fraction,
asfollows:

foos = fue [(1_ ‘g)2 I . (4.17)

Similarly, the drag between the wall and the gas phase
is computed and applied to the wetted fraction, as follows:

frog = (1~ fou)Fiog (4.18)
and the single-phase gas friction factor is calculated

using the Churchill correlation [Ref. 2] with the gas
Reynolds number defined as follows:

G, D
Reg - g/j h (419)
9

5. Bubbly/Slug Flow Regime

The model for the bubbly slug flow regime is similar
to that for the annular/mist regime (as described in
Section 4). Ignoring the possibility of entrainment,
the frictional pressure gradient is again given by the
following equation:

| = qdldd
D, 2 p

(5.1)

where two-phase multiplier once again applies to the
“liquid flowing aone.” This formulation is then
applied, with the friction factor computed using a
liquid Reynolds number given by the following equation:

Re = G,
H
(5.2)

We then find that the two-phase multiplier for
adiabatic (i.e., non-boiling) flows is somewhat lower
than that for the annular flow regime. Specificaly,
using the data of Ferrell and McGee [Ref. 3], we
obtain the following “liquid aone” two-phase
multiplier for adiabatic flows, as shown in Figure 1:

1
C[)2 = —
| (1_ a)1.72

(5.3)

Ferrell & McGee (adiabatic|
B Data
— @-a*

- (1-0)

Two-Phase Multiplier

Figure 1: “ Liquid alone” two-phase multiplier
for the adiabatic data of Ferrell and McGee [Ref. 3].

The behavior of the two-phase multiplier with respect
to the liquid fraction depicted in Figure 1 and given
by equation (4.2) is very similar to values reported by
Yamazaki and Shiba [Ref.4] and Yamazaki and
Yamaguchi [Ref.5]. Those researchers suggested
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exponents of -0.875 for upflow and -0.9 for downflow.
Notably, when the data are represented in this way,
mass flux, pressure, and tube diameter do not have any
noticeable effect.

We can formulate a physical basis for this result, as
follows. If the adiabatic two-phase bubbly/slug flow is
turbulent, the vapor phase primarily exists outside of the
boundary layer. In such instances, the wall shear should
be similar to that for a single-phase liquid flow that has
the same velocity as the liquid in the two-phase case.
Thus, the frictional pressure gradient is as follows:

(o
dz

) 4[F,,

|- = %mﬂlf (5.3)

The friction factor is then computed by the single-phase
pipe friction correlation, with the Reynolds number
defined as follows [instead of using equation (4.3)]:

Re,, = A——h % D, (5.4)
H

The resulting two-phase multiplier for “liquid flowing

alone” isasfollows:

or = DorgAN e 1 (5.5)
fi (L-a)

Now, assume that the relationship between the turbulent
friction factor and the Reynolds no. can be represented
by the Blasius approximation:

0.0791 (5.6)
ReO,ZS

Then, substitute equation (5.6) into equation (5.5) for

both f, and f,,, toyield thefollowing relationship:

1 e0.25
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Equation (5.7) then provides the physical basis for the
bubbly/slug model, and the two-phase friction factors
for the bubbly/dug (non-boiling) regime are as follows:

foor = Tt

f =0

20,9

where the liquid single-phase friction factor
is calculated using the Churchill correlation [Ref. 2] for

pipe flow, with the Reynolds number defined by
equation (5.4).

6. Bubbly/Slug with Wall Nucleation

The situation for a boiling two-phase flow is not
entirely clear, as evidenced by Figure 2, which plots
the “liquid alone” two-phase multiplier deduced from
the boiling data of Ferrell and Bylund [Ref. 6]. Here,
the bubbles are present within the hydrodynamic
boundary layer. Moreover, for experimental conditions
similar to the adiabatic tests of Ferrell and McGee
[Ref. 3] discussed above, the two-phase multiplier is
significantly higher and contains a pronounced mass
flux effect when boiling is present.

Ferrell & Bylund (boiling)
¥ 485<G< 550
+ 1000 < G < 1100

A 1275<G <1350
% A W 1750 < G < 1800
—— Adiabatic Model

0;{* %
o Ky RTOX
A &
I 0’%’%1 %;%;;
] a'tho % *

KK *
A‘,: R g Ty

Two-Phase Multiplier

Liquid Fraction

Figure2: “Liquid alone” two-phase multiplier
for boiling data of Ferrell and Bylund [Ref. 6].

No available model for the two-phase multiplier
specifically addresses the enhancement attributable to
wall nucleation, as illustrated in Figure 2. Collier
[Ref. 7] does discuss a surface roughness effect for
subcooled boiling, and even suggests that it might be
correlated with the bubble departure diameter.
However, Collier does not extend this concept into
the saturated boiling regime. By contrast, Figure 2
represents both subcooled (a < 0.3) and saturated (0.3
< a < 0.8) boiling data. Note that Figure 2 does not
show any evident discontinuity in the behavior of the
two-phase multiplier (compared to the liquid fraction)
asthe saturation lineis crossed for a given mass flux.
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Consequently, a ssimple correction factor for the two-
phase multiplier for adiabatic two-phase flow is
developed using the data of Ferrell and Bylund [Ref. 6].
As suggested by Collier [Ref. 7], we postulated that the
correction factor would be a function of the bubble
departure diameter. Collier also suggests using the
model developed by Levy [Ref. 8], which balances
surface tension and drag forces to yield the following
relationship:

1

2
9~ oo 2 (6.1)
D, D

Tw h

where the wall shear stress is computed without the
enhancement attributable to wall nucleation:

f
A

w

The bubble diameter then becomes a function of mass
flux in addition to pressure.

From an examination of Ferrell and Bylund's data
[Ref. 6], we determined that (in addition to the bubble
diameter) the proposed correction factor for the
enhancement attributable to wall nucleation,

® = Ol + Cy) (6.2)

would also have to be a function of void fraction, as
depicted in Figure 3. This determination led to the
expectation that the wall drag would rapidly be enhanced
as bubbles are generated in the subcooled boiling region
(a=0.005) and then saturate, remaining relatively
constant until being suppressed as the liquid layer
becomes thinner during the transition to annular flow.
Nonetheless, this expectation was defied by the
relatively slow increase of the correction factor with
void fraction, and peak values at (a~ 0.3); this finding
has yet to be explained. Therefore, the resulting model
employs a curve fit to model the void fraction
dependence, and should be considered empirical in
nature. This model isthen expressed as follows:

Ce = 155 Eﬁﬁ} foi-a)™
Dh
(6.3)
Figure 4 compares the two-phase multipliers computed

using this empirical model — equations (6.2) and (6.3)
— againgt the data of Ferrell and Bylund [Ref. 6].

Theaverage error is essentialy zero, while the
standard deviation is less than 11%.

2.0 T T

* Ferrell & Bylund (boiling)
¥ 485<G< 550
* % ¢ 1000<G <1100
% A 1275<G<1350
15 * * * W 1750 <G <1800 -

Correction Factol
5
T
*
Fx
3
L

Figure3: Correction factor for enhancement
of the two-phase multiplier attributable to the effects
of wall nucleation.

Ferrell- Bylund Boiling Data +20%
W 485<G <550 -

*  1000<G <1100
A 1275<G<1300

wo-Phase Multiplier (model)
“
NG e
-+
>

Two-Phase Multiplier (data)

Figure 4. Comparison of calculated and measured
two-phase multiplier with the empirical correction factor
for the wall nucleation effect.

As with any empirical model, it is necessary to ensure
that the model behaves reasonably when extrapolating
outside of its database (during a transient system
calculation, for example). With respect to pressure,
the TRACE database extends from about 4 to 17 bar,
so most of the extrapolation is to higher pressures.
Asthe pressure increases, the surface tenson decreases
(as does the bubble diameter). That decrease, in turn,
drives the correction factor to zero as the critical point
is approached. This behavior is reasonable and,
hence, no explicit limit is needed.

The bubble diameter is also a strong function of
liquid mass flux, and the TRACE database extends
only from about 500 to 1,800 kg/m?*-s. As the mass
flux increases significantly above the upper limit of

Copyright © 2005 by CNS



1,800 kg/m?s, the bubble diameter decreases and the
wall nucleation effect disappears, so the two-phase
multiplier approaches that for adiabatic flow. Again,
this is reasonable behavior and, hence, no explicit limit
is needed. However, as the mass flux decreases below
the lower limit of 500 kg/m*s, the bubble diameter
rapidly increases. Because the correction factor is
directly proportional to bubble diameter, this introduces
the possibility that the model may caculate
unreasonably large two-phase multipliers. to ensure
that this does not occur, it is possible to impose limits
on either mass flux or bubble diameter. The simplest
approach (and the one recommended here) is to directly
limit the correction factor itself, as follows

Cp = Min{ 2, 155[{%;] fa [(1—a)]°'62}

(6.4)
Finally, the two-phase friction factors for the
bubbly/slug regime with wall nucleation are as follows:
f2<D,I = fltD,I E(l + CNB) (6.5)
frog = O

7. Induced Interfacial Shear

In the code model community, it has been argued that
the two-fluid momentum equations should contain a
term to account for the “interfacial shear induced by
wall shear.” Basicaly, the idea is that a velocity
gradient within the continuous phase attributable to wall
shear increases the interfacial force above that for a
particle in a uniform velocity field. Despite the lack of
direct experimental data, we can formulate a reasonable
approximation for this induced shear term by
considering the expected behavior in “thought
problems,” as follows.

Begin with the one-dimensional, steady-state, two-fluid

momentum eguations without mass transfer in

conservative form:

d P

Ez(ag tp, D’;) = -agtphlg - agddd; ~ Rl ~ Fig ~ Fle
(7.1)

and

= R0 ¥ Ry
(7.2)

where the variables are obvious, with the following
exceptions:

Friag interfacial drag force per unit volume

d%(mmﬂﬁz) = -alplg - a|£ + R

dZ i,drag

F" e iNterfacial force per unit volume induced by
wall shear
Foe © wall-gas shear force per unit volume

F,i : wall-liquid shear force per unit volume

For these wetted-wall conditions, the wall-gas drag
will be zero.

Two-fluid codes do not usually model the interfacial
force induced by wall shear. However, for dispersed
flows, it is necessary to ensure that thought problems
exhibit the expected behavior. To illustrate this point
(and find a way to evaluate this term), let’'s consider
two thought problems:

(1) In a fully developed, horizontal, bubbly
dispersed flow, we expect the continuous
liquid and vapor bubbles to have the same
velocity, so that the relative velocity and

(hence) Ky, will be zero:

0= —a P _p
9 dz

i, shear

and

-t - Ry R

0 =
dz

Adding these equations together yields

the following (expected) relationship:
dP
I = F m
dz "

Now, multiply the gas equation by the liquid
fraction, then multiply the liquid equation by
the vapor fraction, and subtract. This yields
the following relationship:

Floe = ayFy (7.3
Note that without the induced shear term,
the relative velocity could not go to zero.

Copyright © 2005 by CNS



(2) For a fully developed, vertical, bubbly
dispersed flow, we again add the phasic
momentum equations to yield the following
(expected) relationship:

dP

0= -(@m + a,0p,)w - o

or, more simply,
aP
dz

If we then repeat the multiplications and

subtraction to eliminate the pressure gradient,
we obtain the following relationship:

~Pn g - Ky

0 = &, (A= p)8 - Ry + 0, (Kl = Fla

Next, we substitute for the induced shear from
equation (7.3), which yields the following:

Fre = a0 Doy (7.4)

i,drag

This equation simply states that the interfacial
drag force per unit volume is equal to the
buoyancy.

Thus, the results from our two thought problems
reinforce the concept of the induced shear term and
agree that it should be represented as follows:

F"Y

i,shear

= a,F]
(7.3

Ishii and Mishima [Ref. 9] also discussed this term and
concluded that it should be expressed as follows:

F m

i,shear = C |]79 I:IFV'V;'

where the constant, C, was expected to have a value
very close to unity. Therefore, in TRACE model, we
evaluate the induced shear term using equation (7.3).

8. Model Verification and Assessment

The two-phase flow momentum equation has a few
momentum sources other than the wall friction term
(including interfacial ~ friction among others).
Consequently, TRACE predictions of the two-phase
flow pressure drop and void fraction profile along a
one-dimensional component depend on all momentum
sources. We cannot simply assess a two-phase flow

experiment and then draw a conclusion regarding the
accuracy of the wall friction model.

In this paper, we evaluated the wall drag model using
a free-faling film flow down along a vertical pipe.
For such a freefalling film flow, the available
literature [Refs. 10-19] provides experimental data
for dimensionless film thickness, which is defined as
follows:

Pe "o - p)"h
- qu/3

where § isthe dimensional film thicknessand & isthe
dimensionless film thickness.

We then develop a TRACE model to test the
relationship of the dimensionless film thickness and
the Reynolds number. Figure 5 depicts the
nodalization of the model for annular film flow. In
that figure, Break 2 supplies vapor, while Break 3
provides pressure boundary conditions at the exit end
of Pipe 1. Pipe 1 has 20 volumes, each of which has a
cell length of 0.1m. The pipe diameter is also set to
0.1m, which is much larger than the liquid film
thickness in an annular film flow. The liquid velocity
will reach a constant value along the wall after a
certain distance. A side junction at Cel 2 is
connected to a fill component, which has set liquid
inlet velocities with step increases to simulate various
film thicknesses with various Reynolds numbers.
The film Reynolds number is then defined as follows:

_GD
H

Re

where G, is the liquid mass flux, D is the pipe
diameter, and , isthe liquid viscosity.

The model computes the Reynolds number and
dimensionless film thickness by using signa
variables and control blocks for Cell 10 of Pipe 1.
Figure 6 compares the TRACE predictions to the
experimental data, showing that the TRACE
predictions are reasonable; however, at low Reynolds
numbers, the code underpredicts the film thickness.

Further investigation revealed that vapor moves faster
than the liquid film because of the boundary setting.
This relative velocity created an interfacial shear and
caused the film thickness to be underestimated at low
Reynolds numbers. The green line in Figure 6 shows
that the TRACE code yields an excellent prediction
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when the interfacial friction is turned off (by hard-wiring
the code).

P=2.0E5Pa
void=1.0
T=393K

Bresk 2

@

P=2.0E5Pa @ 1
void=0.0 Al 4 e >
T=393K 3
Sep Ve ocities
atInlet
Fipel

| ®

Break 3

P=2.0E5Pa
void=1.0
T=393K

Figure 5: TRACE nodalization for annular film flow.

Falling Film Thickness

1000 T T T T

O Daa
— TRACE
TRACE w/ointerfacid friction o
oEP
o

100 |~

Dimensionless Film Thickness

Figure 6: TRACE predicted film thickness
compared to experimental data.

9. Summary and Conclusion

A new wall frictional drag package has been developed
and implemented in the TRACE code to model the wall
drag for two-phase flow system code. The modeled
flow regimes are (1) annular/mist, (2) bubbly/slug, and
(3) bubbly/slug with wall nucleation. The new models
use void fraction (instead of flow quality) as the
correlating variable to minimize the calculation
oscillation. The annular/mist regime is subdivided into
three separate regimes for pure annular flow, annular
flow with entrainment, and film breakdown. In the
bubbly/slug flow regime, a physically based model has
been formulated for adiabatic conditions. Finally, for

bubbly/slug flow with wall nucleation, the bubbles
are presented within the hydrodynamic boundary layer,
and the two-phase wall friction drag is significantly
higher with a pronounced mass flux effect. In addition,
an empirical correlation has been studied and applied
to account for nucleate boiling. Verification and
validation tests have been performed for annular
flow, and the test results showed a significant
code improvement.
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